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a b s t r a c t

One of the most promising technologies for lightweight, compact, portable power generation is proton
exchange membrane (PEM) fuel cells. PEM fuel cells, however, require a source of pure hydrogen. Steam
reforming of hydrocarbons in an integrated membrane reactor has potential to provide pure hydrogen in a
compact system. Continuous separation of product hydrogen from the reforming gas mixture is expected
to increase the yield of hydrogen significantly as predicted by model simulations. In the laboratory-scale
experimental studies reported here steam reforming of liquid hydrocarbon fuels, butane, methanol and
Clearlite® was conducted to produce pure hydrogen in a single step membrane reformer using com-
mercially available Pd–Ag foil membranes and reforming/WGS catalysts. All of the experimental results
demonstrated increase in hydrocarbon conversion due to hydrogen separation when compared with the
hydrocarbon conversion without any hydrogen separation. Increase in hydrogen recovery was also shown
to result in corresponding increase in hydrocarbon conversion in these studies demonstrating the basic
concept. The experiments also provided insight into the effect of individual variables such as pressure,
temperature, gas space velocity, and steam to carbon ratio. Steam reforming of butane was found to
be limited by reaction kinetics for the experimental conditions used: catalysts used, average gas space
velocity, and the reactor characteristics of surface area to volume ratio. Steam reforming of methanol in

the presence of only WGS catalyst on the other hand indicated that the membrane reactor performance
was limited by membrane permeation, especially at lower temperatures and lower feed pressures due to
slower reconstitution of CO and H2 into methane thus maintaining high hydrogen partial pressures in the
reacting gas mixture. The limited amount of data collected with steam reforming of Clearlite® indicated
very good match between theoretical predictions and experimental results indicating that the underlying
assumption of the simple model of conversion of hydrocarbons to CO and H2 followed by equilibrium

appe
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reconstitution to methane

. Background

One of the most promising technologies for lightweight portable
ower generation is proton exchange membrane (PEM) fuel cell.
EM fuel cells have several attractive features for small portable
ower applications: compact size, high power density, rapid start-
p, and high energy conversion efficiency. Alternative technologies
uch as solid oxide fuel cells require very high temperatures of the
rder of 800–900 ◦C (1073–1173 K) for successful operation and also

eed much longer start-up time. PEM fuel cells have a potential to
rovide compact high energy density portable power, from a few
atts to a few kilowatts, both in consumer industry as well as in
ilitary applications. Consumer applications range from back-up
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ars to be reasonable one.
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remium power, battery charger, recreational power, e.g. camp-
ng, and emergency power. Military applications include lighter
nd more compact electrical power sources for soldier and robotic
issions; and as the available technologies and instrumentation

dvance, so does the power requirement for equipment. For exam-
le, for the modern “land warrior,” electrical energy is needed to
ower a variety of advanced devices such as a computerized radio
ystem (transmission/receiver); helmet-mounted display, imager,
nd laser detector; and a weapon subsystem consisting of a laser
ange-finder, thermal weapon sight, digital compass and a laser
iming light. The desired amount of stored energy depends on
pplication, with energy content of 1 kWh may be considered typ-

cal for emergency and back-up power applications [1].

At present, batteries are used for powering such portable devices
n military and consumer applications. Although batteries have

any desirable features such as reliability, long storage life, air-
ndependent operation, low thermal and acoustic signatures, etc.,

http://www.sciencedirect.com/science/journal/03787753
http://www.elsevier.com/locate/jpowsour
mailto:damle_ashok@hotmail.com
dx.doi.org/10.1016/j.jpowsour.2008.09.059
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Table 1
Hydrogen yield and corresponding specific energy of fuel choices.

Fuel Hydrogen yield (g g−1) Specific energy
(Whe kg−1)

Compressed hydrogena 0.01 150
Metal Hydrides for storagea 0.013 200
NaBH4 hydrolysis 0.108 1830
Methanol 0.188 3190
Methanol (including water) 0.120 2040
Butane 0.448 7620
Butane (including water) 0.129 2190
Gasoline 0.444 7500
Gasoline (including water) 0.125 2140
JP-8 0.435 7400
JP-8 (including water) 0.123 2090
Clearlite®b 0.430 7350
Clearlite® (including water) 0.120 2050
Ammonia 0.176 3000

Note that the hydrogen yield and specific energy values for compressed hydrogen
cylinders and metal hydride-based canisters are system-based on actual com-
mercially available systems. Hydrogen yield and energy capacities for sodium
borohydride hydrolysis and ammonia cracking are based on stoichiometric reac-
tions and are based on the amount of reagents required. The hydrogen yield and
energy capacity for methanol is based on its complete decomposition and subse-
quent stoichiometric water gas shift (WGS) reaction. Hydrogen yield and energy
capacities for the hydrocarbons are based on steam reforming and subsequent WGS
reaction with 100% conversion and assume a stoichiometric steam to carbon ratio of
two. The hydrocarbons noted are those readily available as liquid commercial fuels;
e
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systems it would obviously be desirable to generate hydrogen in
electrical.
a System-based values for commercially available small systems.
b A sulfur-free kerosene available commercially.

he amount of energy that can be stored in primary or recharge-
ble batteries is limited. Primary standard batteries such as BA5590
Li/SO2) have a specific energy of only 175 Wh kg−1. The specific
nergy of the rechargeable secondary batteries under considera-
ion by Army is even lower, for example specific energy of a BB2847
attery is about 80 Wh kg−1 and that of a BB390A battery is only
6 Wh kg−1. Consumer batteries have much lower energy densi-
ies, e.g. a high capacity lead acid battery provides an energy density
f about 23 Wh kg−1. While many improvements in battery tech-
ology are being made and future advances are anticipated, the
rojected specific energies are still expected to be substantially

ower than the desired specific energies of 1000 Wh kg−1 or greater.
Power densities of large 80–100 kW PEM systems being

eveloped for automotive power application are greater than
.6 kW kg−1 and are approaching 1 kW kg−1. For smaller, e.g.
0–100-W power systems, a fuel cell power density greater than
t least 0.2 kW kg−1 is expected. PEM fuel cells are therefore very
ttractive as a power generation unit for the small portable power
eneration systems. PEM fuel cells, however, require a source
f pure hydrogen. Approaches available for supplying hydrogen
o a fuel cell include compressed hydrogen cylinders, hydrogen
dsorbed on metal hydrides, thermolysis or hydrolysis of metal
ydrides, reforming of hydrocarbon fuels, and ammonia decom-
osition. With a typical 50% energy conversion efficiency of a fuel
ell, about 17 kWh of electrical energy can be produced from 1 kg of
ydrogen. To provide an energy capacity of 1 kWh, at least 0.06 kg
f pure hydrogen must be provided. The commercially available
hoices for a hydrogen source are compared in Table 1 for their
pecific energies (electrical) based on the reagent weights alone.

As seen in Table 1, steam reforming of hydrocarbon fuels
an provide reagent weight-based specific energies greater than
000 Wh kg−1 even after including weight of water. Butane and

eavier hydrocarbons such as JP-8 indicate a high specific energy
ased on hydrocarbon fuel weight alone. However, for portable
ower applications the weight of water that is required for steam
eforming must also be included in determining the overall specific
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nergies of fuel/water mixture. The net specific energy of a hydro-
arbon reforming system may be increased by recovering liquid
ater from the fuel cell exhaust gas and recycling it to the fuel

eformer, however, it will need additional components and add
omplexity [2,3]. Although ammonia cracking can provide a high
pecific energy of 3000 Wh kg−1, ammonia must be stored under
ressure and is also considered toxic for portable use. Hydrocarbon
uels possess desirable characteristics such as ease of fuel storage
t low pressures and ambient temperatures, handling and trans-
ortation; availability and a lower cost and would be considered
s the primary candidates as hydrogen sources for fuel cell-based
ortable power.

. Steam reforming of hydrocarbon fuels

Steam reforming of methane and petroleum feedstocks, e.g.
aphtha, is an industry standard process for generating hydrogen
ommercially and extensive information is available on thermody-
amics, kinetics, and catalysis of the reforming reactions [e.g. [4]].
team reforming of hydrocarbons in general is a metal-catalyzed
eaction described by three stoichiometric reactions. First the
ydrocarbon dissociates on the metal surface, and the hydrocarbon
ragments react with adsorbed steam to produce CO and H2:

nHm + nH2O → nCO + (n + m/2)H2 (1)

for C4H10: �H◦
298 = +582.4 kJ mol−1;

8H18: �H◦
298 = +1300 kJ mol−1).

The CO and H2 produced by Reaction (1) further undergo metha-
ation and water gas shift (WGS) reactions to establish equilibrium
oncentrations of CO, H2, CH4, CO2, and H2O:

O + 3H2 ⇔ CH4 + H2O (�H◦
298 = −206 kJ mol−1) (2)

O + H2O ⇔ CO2 + H2 (�H◦
298 = −41.2 kJ mol−1) (3)

While Reaction (1) is strongly endothermic, the overall heat
f reaction may be positive or negative, depending upon process
onditions; most typically it is strongly endothermic, and heat
ust be supplied to the reformer, usually by burning part of the

uel. In a partial oxidation or also termed as autothermal reformer
rocess fuel combustion and subsequent steam reforming of the
emaining fuel is conducted in a single reactor. Since air is often
sed in an autothermal reactor the resulting reformate gas contain
uch lower concentration of hydrogen than that would be gener-

ted by steam reforming of hydrocarbons [5]. This paper addresses
he possible utilization of steam reforming of liquid hydrocarbons
or providing hydrogen for portable, small, power generation sys-
ems. Fuel processors utilizing steam reforming of hydrocarbons
re actively being developed for small and micro-scale portable
ydrogen generators [3,6,7].

The desired overall hydrocarbon steam reforming reaction, with
he stoichiometric steam to carbon ratio of 2 and maximum 100%
ield of hydrogen, is represented as

nHm + 2nH2O ⇔ nCO2 + (2n + m/2)H2 (4)

The actual proportion of various species (H2, CO, CH4, CO2, and
2O) in the reformate gas at equilibrium depends upon the process

emperature and pressure conditions and the steam to carbon ratio
sed. Conventionally, the fuel reforming process is followed by a
eparate lower temperature WGS reaction step to increase hydro-
en concentration in the product gas. For small portable power
single reactor, as considered here, without inter-step cooling.
To overcome the equilibrium limitations of the reforming and

GS reactions, it is customary to use a significant excess of steam
n the reforming process to increase the yield of hydrogen. Excess



A.S. Damle / Journal of Power Sources 186 (2009) 167–177 169

ntegra

s
f
c
c
e
a
i
w
h
r
o
b
e
v
t
e
t
i
s
m

2

w
(
h
t
m
t
b
h
t
r
t
t
e
r
t
o
s
h
t
f

i
w
l
c
a
fi
g
f
f

i
m
e
o
f

h
l
t
o
i
c
e
f
s
i

m
i
h
t
b
r
[
s
o
b
t
r
r
s
b
T
i
r
a
h
a

C

r
d

C

o
n

Fig. 1. Schematic of an i

team is also often considered as a necessity to prevent carbon
ormation in the reforming process causing deactivation of the
atalyst. However, an excess use of steam also causes signifi-
ant reduction in the reagent weight-based hydrogen yield. For
xample, stoichiometric steam reforming of butane will produce
maximum of 0.129 kg H2 kg−1 of reagents (Table 1) represent-

ng ∼2200 Wh kg−1 of specific energy (electrical) based on reagent
eight alone. With 100% excess steam, however, the maximum
ydrogen yield would be reduced to 0.075 kg kg−1 of reagents rep-
esenting only ∼1280 Wh kg−1 of specific energy (electrical) based
n weight of reagents alone. The specific energy may be increased
y condensing and recycling the excess water, however, the recov-
ry is not usually complete and additional energy must be spent in
aporizing the excess water. Greater feed flow rates also increase
he size and weight of the reactor and auxiliary systems. For gen-
ration of pure hydrogen, even greater excess of steam with steam
o carbon ratio of greater than 4 is used in commercial practice. To
ncrease the equilibrium conversion in the hydrocarbon reforming
tep high temperatures of 800 ◦C (1073 K) or more are also com-
ercially used [4].

.1. Membrane reactor concept

Another way of overcoming the equilibrium limitations as
ell as of reducing reactor temperatures to milder 500–600 ◦C

773–873 K) conditions, is to continuously separate the product
ydrogen from the reaction mixture forcing the reforming reac-
ion to go forward. For such a concept, a high-flux, high selectivity

embrane stable at the reforming conditions is needed. Since
he palladium-based hydrogen separation membranes also operate
est at the target reforming conditions of 500–600 ◦C (773–873 K),
ave high-flux rates, and are completely selective for hydrogen,
hese membranes are promising candidates for the membrane
eactor/reformer concept. In membrane reforming process steam
o carbon ratio can also be significantly lower than in a conven-
ional reforming process since the hydrogen separation drives the
quilibrium towards continued hydrogen generation. Stoichiomet-
ic utilization of steam will reduce the weight of reagents as well as
he weight and size of the overall system and will allow realization
f the high specific energies noted in Table 1. Utilization of a high
electivity hydrogen separation membrane also provides a purer
ydrogen product stream and will reduce any additional purifica-
ion needed to produce hydrogen product suitable for use in a PEM
uel cell.

In order to realize a high specific energy for the overall reform-
ng process unit, heat must be supplied to the process efficiently

hile minimizing heat losses. For maximizing thermal energy uti-
ization it is desirable to integrate the generation of heat by fuel
ombustion with the utilization of heat by the reforming reaction

s shown schematically in an integrated “membrane reactor” con-
guration (Fig. 1). Such configuration may be realized in a planar
eometry or in a concentric tubular geometry where the heat trans-
er surface separates a heat generation (fuel combustion) section
rom the hydrocarbon reformer section. The heat transfer surfaces

r
m
y
t
t

ted membrane reactor.

n Fig. 1 are indicated as mesochannel in reference to a possible
iniature planar geometry design where the flow channels are

tched as grooves on the surface. Several alternative designs are
f course possible for example catalyst incorporated in a porous
oam structure.

In the combustor section an auxiliary fuel is burned to produce
eat. As seen in Fig. 1 schematic, the heat value of the residual gas

eaving the membrane reformer section can be used in the combus-
or section along with any fuel cell anode exhaust gas to minimize
r preferably eliminate the auxiliary fuel requirement. To further
mprove thermal efficiency of the overall system, the heat from the
ombustor exhaust gases and the hydrogen product may be recov-
red to preheat the air used for the combustor and to heat/vaporize
uel/water mixture. Furthermore, the heat losses from the system
hould also be minimized by enclosing the system in an efficient
nsulation material.

Numerous studies have been conducted for evaluation of the
embrane reactor concept for conducting steam methane reform-

ng (SMR) and WGS reactions [8–12]. Palladium alloy foils or tubes
ave also been incorporated in small hydrocarbon fuel reformers
hat are being demonstrated [e.g. [13–15]]. Palladium alloy mem-
ranes are used either to purify the product hydrogen after a fuel
eformer [13,14] or integrated within the fuel reforming process
15] as shown in Fig. 1 schematic. The Part I of this paper [16] pre-
ented the results of model simulations conducted for evaluation
f the membrane reactor concept for reforming liquid hydrocar-
on fuels, butane and methanol. The simulations clearly indicated
he enhanced hydrogen conversion and recovery in a membrane
eactor configuration. In this companion Part II paper, experimental
esults obtained for reforming butane, methanol, and Clearlite® (a
ulfur free kerosene available commercially) fuels in a palladium-
ased membrane reactor are compared with model predictions.
hese fuels were selected because of their commercial availabil-
ty and also for the different degree of difficulty anticipated in
eforming them. Steam reforming of butane and Clearlite® occurs
s described by Eqs. (1)–(4) discussed above. Methanol on the other
and decomposes readily at temperatures above 300 ◦C (573 K) in
n endothermic reaction [9]:

H3OH ⇔ 2H2 + CO (�H◦
298 = +100.5 kJ mol−1) (5)

With the subsequent exothermic and equilibrium limited WGS
eaction (Reaction (3)) the overall steam reforming of methanol is
escribed as

H3OH + H2O ⇔ 3H2 + CO2 (�H◦
298 = +59.3 kJ mol−1) (6)

Enhancement of equilibrium conversion through separation of
ne of the products by a membrane is not a new concept; and a
umber of studies have confirmed the merits of the membrane

eactor approach [17,18]. Several attempts to use the product per-
eation concept in reactor technology have emerged through the

ears. Removing hydrogen product through a palladium membrane
ube has also been proposed for the promotion of the dehydrogena-
ion reaction of cyclohexane to benzene beyond thermodynamic



170 A.S. Damle / Journal of Power Sources 186 (2009) 167–177

ne rea

e
c
t
m
t

d
a
r
(
l
c
s
p
t
r
i
l
W
b
a
m
r
c
W
o
a
e
m
(

3
f

t
c
p
i
s
g
f
a
s
s
b
o

t
P
g
f
h
r
a
i
c
p
t
[
b
s
d
m
n
P
a
t
a
o
a
w

f
g
a
1
1
s
(
v
f
p
a
b
t
i
c
a
r

Fig. 2. Schematic of membra

quilibrium [19,20]. A reaction conversion of 99.7% was reported
ompared to 18.7% using an ordinary catalytic reactor. Different
ypes of ceramic membranes have also been investigated as H2 per-

eators. A sol–gel alumina membrane was utilized in a ceramic
ubular reactor for propane dehydrogenation [21].

In addition to continuous shifting of the reaction equilibrium
riving it to completion, the use of a membrane reactor would also
llow using lower temperatures (600 ◦C {873 K} and lower) for the
eforming reaction. Steam methane reforming reaction (Reaction
2)) is favored at a higher temperature (>700 ◦C {>973 K}) and a
ower pressure to produce increased hydrogen. However, greater
onversions are possible at lower temperatures and higher pres-
ures in a membrane reactor since the separation of one of the
roduct species (H2) overcomes the thermodynamic limitations of
he reaction. It also permits the use of a smaller reactor and sepa-
ator, and allows operation at a greater residence time. The benefit
s decreased reactor cost (cheaper materials, smaller vessel, and
ess catalyst), fewer side reactions and improved heat transfer. The

GS shift reaction on the other hand is favored at temperatures
elow 400 ◦C (673 K) for increased hydrogen. However, again sep-
ration of hydrogen product allows conducting WGS reaction at a
uch higher temperature of 600 ◦C (873 K) by shifting the WGS

eaction equilibrium. The membrane reactor–steam reformer unit
an also conduct both the steam reforming and the subsequent
GS reaction in a single reactor by continuing them simultane-

usly. Another advantage of the membrane reactor concept is that
large excess of steam to carbon ratio is not necessary for achieving
quilibrium. Stoichiometric steam to carbon ratio can be used in the
embrane reactor configuration by utilizing appropriate catalysts

e.g. precious metal-based catalysts) resistant to carbon formation.

. Membrane reactor experiments with commercial Pd–Ag
oils

For conducting hydrocarbon reforming in a membrane reactor
o produce pure hydrogen product, a hydrogen selective membrane
apable of operating at the targeted 500–600 ◦C (773–873 K) tem-
erature and high-pressure environment is needed. Micro-porous

norganic membranes stable at this temperature, e.g. alumina- and
ilica-based membranes, exhibit Knudsen diffusion mechanism for
as separation with low separation factors (e.g., H2:CO2 separation
actor of 4.7). Moreover, the separation ability of the commercially

vailable 4 nm pore size gamma-alumina membranes as well as
ilica-based molecular sieve-type membranes depends upon the
tability of the membrane pore size, which is adversely affected
y the action of steam [22]. The dense ceramic membranes based
n inorganic perovskite oxides need considerably high tempera-

c
w
t
(
s

ctor housing—diffusion cell.

ures, greater than 800 ◦C, to achieve practical hydrogen flux rates.
alladium-based dense membranes are known for their high hydro-
en selectivity and permeability over other gases and are suitable
or operation in the low temperature (400–650 ◦C (673–923 K))
ydrocarbon fuel reforming and water gas shift reaction envi-
onments. In order to be suitable for these target applications,

hydrogen separation membrane must have adequate selectiv-
ty and flux rate, must be stable in the reducing gas environment
ontaining steam and hydrogen sulfide, and be economically com-
etitive. Pd-alloy membranes are promising candidates provided
heir sulfur tolerance is enhanced, e.g. by using Pd–Cu alloys
23–25] or hydrogen sulfide is removed upstream of the mem-
ranes. Although palladium alloy tubes have been available for
everal decades, they are expensive for commercial applications
ue to the thickness needed for structural stability. The tubular
embranes also exhibit low hydrogen flux rates due to their thick-

ess. A number of studies are being conducted to develop low-cost
d-alloy composite membranes [26–29] although such membranes
re not yet commercial. The membrane reactor experiments in
hese studies were therefore conducted with commercially avail-
ble Pd–Ag alloy foils (77 wt% Pd), 1 mil (25 �m) thick supported
n porous stainless steel, to demonstrate the membrane reactor
pproach for steam reforming of butane, methanol and Clearlite®

ith simultaneous hydrogen separation.
A high temperature membrane housing (diffusion cell) was

abricated to house planar Pd/Ag alloy membrane foils using
raphite gaskets. The diffusion cell, shown schematically in Fig. 2,
llowed using 2 in. × 2 in. (5 cm × 5 cm) membrane foils sealed by
/4 in.-wide graphite gasket with an effective membrane area of
.5 in. × 1.5 in. (3.75 cm × 3.75 cm) square. The membrane foils were
upported by 5 cm × 5 cm × 3 mm porous stainless steel squares
Mott Corporation) with an average pore size grade of 2 �m pro-
iding a smooth surface for supporting the thin fragile Pd-alloy
oils. The 2 �m size grade also assured negligible resistance to the
ermeate gas flow through the porous material. The diffusion cell
llowed hydrocarbon/steam mixture on the feed side of the mem-
rane and a sweep gas on the permeate side with a controllable
rans-membrane pressure differential. The feed side of the hous-
ng allowed approximately 3.75 cm × 3.75 cm × 0.75 cm cavity for
atalyst bed and about 10 cm3 of catalyst bed volume. With an
ctive membrane area of 14.5 cm2, the membrane surface area to
eactor volume ratio was approximately 1.4 cm−1. The diffusion

ell/membrane reactor was housed in a short cylindrical furnace
ith 4 in. (10 cm) diameter × 6 in. (15 cm) length cavity for con-

rolled heating to a desired operating temperature in 450–600 ◦C
723–873 K) range. The commercially available planar membrane
amples were first evaluated for their permeation and hydrogen



A.S. Damle / Journal of Power Sources 186 (2009) 167–177 171

rane

s
p
f
e
m

f
t
u
r
p
s
m
m
w
p
a
e
d
e
T
w
s
b
h
a
d
c
a
a
w
s
a
l
fl
c

a

e
m
(
l
a

3

b
c
p
6
p
r
f
s
s
a
a
s
s
t
u
h
u
t
e
T

C

m

Fig. 3. Schematic of the memb

electivity characteristics by conducting permeation testing with
ure hydrogen and nitrogen components. For a uniform, pinhole-
ree, thin film membrane, the permeation rate of all other species
xcept hydrogen would be negligible with proper sealing of the
embrane.
Fig. 3 schematically shows the experimental set-up assembled

or conducting steam reforming of both butane and methanol. In
he case of butane reforming experiments butane was fed as a liq-
id under pressure and its flow rate was controlled by a liquid flow
otameter. Water was injected at a desired flow rate by a high-
ressure water pump. Both butane and water were vaporized in
eparate vaporizers before mixing and preheating. In the case of
ethanol reforming experiments, methanol and water was pre-
ixed in 1:1 mole ratio and the mixture was injected in to the
ater vaporizer at a desired rate using the high-pressure liquid
ump. Both permeate and the residual outlet gas streams were
nalyzed by an on-line gas chromatograph during the reforming
xperiments. All of the butane reforming experiments were con-
ucted at 600 ◦C (873 K), whereas, bulk of the methanol reforming
xperiments were conducted at 550 ◦C (823 K) as described later.
he feed side pressure ranged from 60 to 150 psig (0.515–1.136 MPa)
ith bulk of experiments conducted at 100 psig (0.791 MPa) feed

ide pressure. No sweep gas flow rate was actually used in any of the
utane and methanol reforming experiments due to high enough
ydrogen permeation rates to allow on-line gas chromatographic
nalysis of the permeate. For any given set of experimental con-
itions of temperature, pressure, feed gas flow rate and steam to
arbon ratio, the composition and flow rate of both the residual gas
nd permeate gas streams were determined by on-line GC analysis
nd bubble flow meter measurements. The operating conditions
ere maintained until reproducible composition and flow mea-

urements were observed. These experiments were conducted over
period of several weeks and steaming of the feed side and cata-
yst bed was periodically conducted to restore membrane hydrogen
ux characteristics by gasification of any carbon accumulated in the
atalyst bed and on the membrane.

For the intended practical portable hydrocarbon reforming
pplication, the typical membrane operating temperature is

m
f
t
c
l

reactor experimental system.

xpected to be in the range of 450–650 ◦C (723–923 K), and the
aximum operating pressure is expected to be up to 150 psig

1.136 MPa) due to limitations of a portable compact high-pressure
iquid pump. The experimental facility was therefore assembled to
llow for testing at these desired operating conditions.

.1. Butane reforming experiments

Butane reforming experiments were conducted by feeding
utane under pressure as a liquid. These experiments were
onducted with commercially available nickel-based catalyst sup-
orted on alumina/aluminate at 600 ◦C (873 K) temperature and
0–150 psig (0.515–1.136 MPa) feed side pressure. The permeate
ressure was atmospheric in all experiments. Bulk of the butane
eforming experiments were conducted at 100 psig (0.791 MPa)
eed side pressure based on the results of model simulations pre-
ented in the Part I of this paper [16]. Although these model
imulations assumed that the kinetics of all three reactions is fast
nd Reaction (1) is irreversible so that the reformate gas is always in
dynamic equilibrium; depending upon the operating conditions

uch as flow rate (space velocity) and catalyst activity the actual
pecies concentrations are expected to be somewhat different than
hose at equilibrium. The purpose of these experiments was to eval-
ate the feasibility of the membrane reactor concept for increasing
ydrogen yield and hydrocarbon conversion by separation of prod-
ct hydrogen from the reforming mixture. Another purpose was
o evaluate the influence of reaction kinetics on the theoretically
xpected increase in hydrocarbon conversion and hydrogen yield.
he steam reforming of butane is represented as

4H10 + 4H2O → 4CO + 9H2 (�H◦
298 = +582.4 kJ mol−1) (1)

With additional hydrogen production with the WGS reaction the
aximum hydrogen production potential in butane reforming is 13

oles of H2 per mole of butane. Experiments were conducted at dif-

erent feed flow rates and steam to carbon ratios at 600 ◦C (873 K)
emperature and 100 psig (0.791 MPa) feed side pressure using
ommercial G-91 EW (Sud-Chemie, Inc.) NiO/CaAl2O4–Al2O3 cata-
yst pellets. Experiments were also conducted at 60 and 150 psig
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Table 2
Results of steam reforming of butane experiments.

Run condition# Butane flow rate
(cm3 min−1) (gas)

Steam to
carbon ratio

Residual outlet
flow rate
(cm3 min−1)

Hydrogen
permeate flow
(cm3 min−1)

Feed side
average space
velocity (h−1)

Residual gas
hydrogen partial
pressure (MPa)

Conversion to
hydrogen (% of
max possible)

Hydrogen recovery
(% of maximum
possible)

1 10.8 4.0 64 77 641 16 70 55
2 18.3 4.0 134 64 1165 20 52 27
3 23.6 3.2 165 73 1198 22 43 24
4 11.0 3.0 60 82 504 16 68 57
5 26.0 2.8 151 105 1169 17 45 31
6 10.6 2.6 54 78 398 16 65 57
7 32.3 2.2 186 91 1225 16 35 22
8 30.6 2.0 167 103 1023 18 37 26
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rium towards hydrogen production. Effect of feed side pressure
was therefore experimentally investigated by conducting butane
reforming at 60 and 150 psig (0.515 and 1.136 MPa) feed pres-
sure. These results are summarized in Table 3 where two of the
runs from Table 2 are included for comparison of results to those
ig. 4. Comparison of butane reforming experimental results with model predic-
ions (600 ◦C (873 K), 100 psig (0.791 MPa), steam to carbon ratio—4).

0.515 and 1.136 MPa) pressure to assess the effect of the sys-
em pressure on hydrocarbon conversion and product hydrogen
ield. The steam to carbon ratio was varied from 4 to the stoi-
hiometric ratio of 2. The butane feed rate was varied to change
he gas space velocity through the catalyst bed in the range
f 400–2200 h−1 (0.11–0.61 s−1) (determined at the operating
onditions). The butane reforming results obtained at 100 psig
0.791 MPa) feed side pressure for different feed flow rates and
team to carbon ratios are summarized in Table 2. The hydrocarbon
onversion to hydrogen is expressed as % of the maximum possi-
le hydrogen production based on the hydrocarbon feed rate. The
et hydrogen recovery is defined as the amount of hydrogen perme-
ted as a percentage of the maximum possible hydrogen production
otential.

The above results are compared in Figs. 4–6 to theoretical pre-
ictions provided by a simple one-dimensional model described

n the Part I of this paper [16]. A key assumption of this model
s that of dynamic equilibrium on the feed side along the length
f the membrane as hydrogen is continuously separated from the
eacting mixture. The model also assumed the steam reforming of
ydrocarbon itself (Reaction (1)) as irreversible, however, allowing
eversible methane formation by methanation reaction (Reaction
3)). Essentially the model assumed that the hydrocarbon species
s immediately converted to methane as dictated by methana-
ion and WGS reaction equilibriums. Model simulation results in
igs. 4–6 were obtained for steam reforming of butane at 100 psig
0.791 MPa) pressure and 600 ◦C (873 K) temperature and for steam

o carbon ratios of 4, 3, and 2, respectively. The model predictions
re compared with results for experimental run conditions 1 and
in Fig. 4; run conditions 3–6 in Fig. 5, and run conditions 7 and
in Fig. 6. All of the experimental results demonstrate increase in

ydrocarbon conversion due to hydrogen separation when com-
F
t

ig. 5. Comparison of butane reforming experimental results with model predic-
ions (600 ◦C (873 K), 100 psig (0.791 MPa), steam to carbon ratio—3).

ared with the hydrocarbon conversion without any hydrogen
eparation. Increase in hydrogen recovery was also shown to result
n corresponding increase in hydrocarbon conversion in these stud-
es.

Feed side pressure is expected to affect hydrocarbon conver-
ion in two contrasting ways: (1) increase in feed pressure favors
ncreased methane formation by the methanation reaction (Reac-
ion (3)) reducing the overall hydrocarbon conversion to hydrogen,
ut (2) on the other hand increase in feed side pressure increases
ydrogen flux rate thereby providing a greater shift in equilib-
ig. 6. Comparison of butane reforming experimental results with model predic-
ions (600 ◦C (873 K), 100 psig (0.791 MPa), steam to carbon ratio—2).
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Fig. 7. Comparison of butane reforming experimental results with model predic-
tions (600 ◦C (873 K), 60 psig (0.515 MPa), steam to carbon ratio—3).
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ig. 8. Comparison of butane reforming experimental results with model predic-
ions (600 ◦C (873 K), 60 psig (0.515 MPa), steam to carbon ratio—2).

btained at 100 psig (0.791 MPa) pressure. The experimental results
btained at 60 psig (0.515 MPa) feed side pressure are compared

ith model predictions for steam to carbon ratio of 3 and 2, respec-

ively in Figs. 7 and 8. The experimental results obtained at 150 psig
1.136 MPa) feed side pressure are compared with model predic-
ions for steam to carbon ratio of 3 in Fig. 9.

ig. 9. Comparison of butane reforming experimental results with model predic-
ions (600 ◦C (873 K), 150 psig (1.136 MPa), steam to carbon ratio—3).
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Results presented in Table 2 indicate that the butane feed flow
ate strongly influenced the observed hydrogen recoveries as well
s conversion to hydrogen with the highest recoveries obtained
ith the lowest butane feed flow rate of about 11 cm3 min−1 gas
hase (0.035 cm3 min−1 liquid phase). The observed hydrogen par-
ial pressures in the reformer exit gas for butane reforming were
rom 16 to 22 psia (0.11–0.15 MPa) with only a few psi hydro-
en partial pressure differential across the membrane for most of
he experimental conditions. These data suggest that the kinetics
f butane reforming is clearly the dominating factor influencing
he membrane reactor performance. The fact that the steam to
arbon ratio did not influence the conversion to hydrogen sig-
ificantly indicates that the reaction mechanism is likely to be
ased on adsorption of butane (or any intermediate species) on
he catalyst and that the hydrocarbon probably did not reform
ompletely to CO and hydrogen (Reaction (1)) before reconstitut-
ng to methane as is commonly considered. The exit gases from
utane reforming contained significantly high concentration of
ethane indicating a substantially slow kinetics of butane reform-

ng. The hydrocarbon conversion in all of the butane reforming
eaction conditions is somewhat less than that predicted by model
imulations for the corresponding reaction conditions. Nonethe-
ess, these experiments prove the membrane reactor concept with
reater hydrogen conversion through reaction equilibrium shift
s observed by increased hydrocarbon conversion with increased
ydrogen separation and recovery.

Attempts to increase the hydrogen recovery by increasing
ystem pressure to 150 psig (1.136 MPa) did not materialize
Table 3—run conditions 3 and 12) due to less conversion of hydro-
arbon (methane) to hydrogen as dictated by equilibrium at the
igher pressure. The hydrogen recoveries were still similar to those
t 100 psig (0.791 MPa) due to greater hydrogen partial pressure
ifferential for hydrogen permeation. Reducing the butane flow
ate at high-pressure operation (run conditions 12 and 13) did not
ncrease hydrogen recovery probably because of the increased mass
ransfer effects at the low gas flow velocity in the feed side sec-
ion. Reforming at lower pressure of 60 psig (0.515 MPa) resulted in
ower hydrogen recoveries due to smaller hydrogen partial pressure
ifferential across the membrane as expected.

.2. Steam methanol reforming experiments

For steam methanol reforming experiments, premixed
ethanol/water mixture was supplied to the high-pressure
ater pump and vaporized as a mixture in the steam vaporizer

hown in Fig. 3. Only a high-temperature water gas shift catalyst
commercial C-12 Fe–Cr High Temperature WGS Catalyst—Sud-
hemie) was packed in the membrane unit since methanol was

ound to dissociate rapidly at temperatures above 450 ◦C (723 K)
ithout any catalyst. Methanol was mixed with water in 1:1 molar
roportion for a stoichiometric ratio of steam to methanol in all
f the methanol reforming experiments. The maximum hydrogen
otential in steam reforming of methanol is 3 moles mole−1 of
ethanol. Steam methanol reforming experiments were con-

ucted using membrane reactor temperature, system pressure,
nd the feed flow rate as system variables. The observed results
re summarized in Table 4.

Experimentally observed results at 550 ◦C (723 K) and 60 psig
0.515 MPa) pressure are compared with theoretical model predic-
ions in Fig. 10. Experimentally observed results at 550 ◦C (723 K)

nd 100 psig (0.791 MPa) pressure are compared with theoretical
odel predictions in Fig. 11 and the results obtained at 550 ◦C

723 K) and 150 psig (1.136 MPa) feed side pressure are compared
ith model predictions in Fig. 12. The experimental result obtained

t 600 ◦C (873 K) and 150 psig (1.136 MPa) feed side pressure is
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Fig. 10. Comparison of methanol reforming experimental results with model pre-
dictions (550 ◦C (823 K), 60 psig (0.515 MPa), steam to carbon ratio—2).
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ig. 11. Comparison of methanol reforming experimental results with model pre-
ictions (550 ◦C (823 K), 100 psig (0.791 MPa), steam to carbon ratio—2).

ompared with model predictions in Fig. 13. As seen from the
omparison of the experimental results with model predictions in

igs. 10–13 much higher hydrogen recoveries and conversions to
ydrogen were observed than those predicted, especially for the

ow pressure operation at 60 and 100 psig (0.515 and 0.791 MPa).
he primary reason for this apparently anomalous behavior is
hat the model takes into account formation of methane in the

ig. 12. Comparison of methanol reforming experimental results with model pre-
ictions (550 ◦C (823 K), 150 psig (1.136 MPa), steam to carbon ratio—2).
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ig. 13. Comparison of methanol reforming experimental results with model pre-
ictions (600 ◦C (873 K), 150 psig (1.136 MPa), steam to carbon ratio—2).

eforming gas mixture to satisfy methanation reaction equilibrium.
or membrane reactor conditions of 550 ◦C (823 K) and 60 psig
0.515 MPa) pressure a maximum hydrogen recovery of only 22%
nd a maximum conversion to hydrogen of only 37% was predicted
y model simulations due to methane formation and corresponding
ower hydrogen partial pressures in the reacting mixture. How-
ver, no hydrocarbon reforming (methanation) catalyst was used
n these experiments since the methanol decomposes readily to CO
nd H2 according to Reaction (5). As a result, very little methana-
ion occurred at lower pressure operation. At a higher pressure of
50 psig (1.136 MPa) and at a higher temperature of 600 ◦C (873 K),
he observed results are closer to the model predictions indicating

ethane formation in spite of the lack of reforming methanation
atalyst.

Hydrogen conversion was high at the lower temperature of
50 ◦C (723 K) and lower pressure of 60 psig (0.515 MPa) (run
ondition # 1) due to favorable equilibrium conditions for WGS
eaction and also due to lower methane formation potential, how-
ver, the hydrogen recovery at this condition was poor due to
significantly lower hydrogen flux rate of the Pd-alloy mem-

rane at the lower temperature. In general hydrogen recoveries
ncreased with higher pressure for a given temperature and
eed flow rate, with greater temperature for the same pres-
ure and feed flow rate, and with lower feed rate for the same
emperature and pressure conditions as expected. At a mix-
ure feed flow rate of 0.2 cm3 min−1, and operating conditions
f 600 ◦C (873 K) and 150 psig (1.136 MPa) observed conversion
o hydrogen was 75% with a recovery of 60% of the maximum
vailable hydrogen approaching those theoretically predicted in
ig. 13. The observed methanol conversions to hydrogen were
ubstantially greater than those predicted without any hydrogen
eparation. In contrast to the steam butane reforming experi-
ents, the observed hydrogen partial pressures at the reactor

xit for steam reforming of methanol were greater than 20 psia
0.14 MPa) (except for run # 6 with 60 psig (0.515 MPa) feed
ide pressure) indicating that the membrane reactor performance
conversion and recovery) were limited by hydrogen permeation
ate and the available membrane area especially for the high-
ressure operation at 100 or 150 psig (0.791 or 1.136 MPa) and
50 ◦C (823 K). Membrane reactor operation at 600 ◦C (873 K)

ncreased hydrogen permeation rate for the same membrane area

ignificantly to approach theoretical model predictions for the
ydrogen recovery in Fig. 13. These experiments thus demonstrated
he membrane reactor concept by increasing the hydrogen con-
ersion through reaction equilibrium shift caused by hydrogen
eparation.
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ig. 14. Comparison of Clerlite® reforming experimental results with model predic-
ions (620 ◦C (893 K), 70 psig (0.584 MPa), steam to carbon ratio—3.5).

.3. Clearlite® reforming experiments

Limited range of experiments were conducted with steam
eforming of Clearlite® (a sulfur-free kerosene available commer-
ially) in a membrane reactor where the primary focus was on
emonstration of longer term operation lasting over several hun-
red hours. A larger membrane reactor and proprietary reforming
atalysts were used for steam reforming of Clearlite® at 620 ◦C
893 K), 70 psig (0.584 MPa) feed side pressure, gas space veloc-
ty of about 1000 h−1 (0.28 s−1) with a steam to carbon ratio of
.5. The observed hydrocarbon conversion to hydrogen was about
7% of maximum possible with a net hydrogen recovery of 15%
f maximum possible. This data point is compared in Fig. 14 with
esults of model simulations conducted for the experimental pro-
ess conditions. Excellent match with theoretical prediction was
bserved; also the results are similar to that seen in Fig. 7 for steam
eforming of butane at 60 psig (0.515 MPa) pressure, 600 ◦C (873 K)
emperature and steam to carbon ratio of 3. Clearlite® reforming
xperiments used proprietary precious metal catalysts that allowed
loser approach of experimental results with theoretical model pre-
ictions based on fast kinetics and dynamic feed side equilibrium.
ow feed side pressure and high steam to carbon ratio contributed
o the observed low net hydrogen recovery. The ability of the sim-
le model to predict membrane reactor performance for Clearlite®

uel, with a large average carbon number of 12, indicates that the
nderlying assumption of conversion of hydrocarbons to CO and H2
ollowed by equilibrium reconstitution to methane appears to be
easonable one.

. Summary and conclusions

PEM fuel cells provide an attractive option for lightweight, com-
act, portable power generation. PEM fuel cells, however, require a
ource of pure hydrogen. Reforming of liquid hydrocarbon fuels is
ost promising for providing high reagent weight-based hydrogen

eneration and specific energy; greater than 2 kWh kg−1 includ-
ng weight of water. Commonly available liquid hydrocarbon fuels
uch as butane also possess desirable characteristics such as ease of
uel storage at low pressures and ambient temperatures, handling
nd transportation, availability, and a low cost. Steam reforming

f hydrocarbons produces hydrogen in equilibrium-limited reac-
ions conducted at high pressures and temperatures. Utilization of
membrane reactor with a high temperature hydrogen permeable
embrane such as Pd-alloy membrane, has a potential to overcome

he equilibrium limitation of the reforming and WGS reactions as
rces 186 (2009) 167–177

ell as for conducting these reactions under milder conditions with
nhanced conversion to hydrogen and its recovery.

In the laboratory-scale experimental studies reported here
team methane reforming of liquid hydrocarbon fuels butane,
ethanol and Clearlite® to produce pure hydrogen was conducted

n a single step membrane reformer using commercially avail-
ble Pd–Ag foil membranes and reforming/WGS catalysts. All of
he experimental results demonstrated increase in hydrocarbon
onversion due to hydrogen separation when compared with the
ydrocarbon conversion without any hydrogen separation. Increase

n hydrogen recovery was also shown to result in corresponding
ncrease in hydrocarbon conversion in these studies demonstrat-
ng the basic concept. The experiments also provided insight into
he effect of individual variables such as pressure, temperature, gas
pace velocity, and steam to carbon ratio.

Steam reforming of butane was found to be limited by reac-
ion kinetics for the experimental conditions used: catalysts used,
verage gas space velocity, and the reactor characteristics of sur-
ace area to volume ratio (∼1.4 cm−1). To overcome the kinetics
imitation and to match hydrogen generation and separation rates

lower surface area to volume ratio should be used along with
ower gas space velocity and higher temperature. Steam reform-
ng of methanol in the presence of only WGS catalyst indicated
hat the membrane reactor performance was limited by membrane
ermeation, especially at lower temperatures and lower feed pres-
ures due to slower reconstitution of CO and H2 into methane thus
aintaining high hydrogen partial pressures in the reacting gas
ixture. The limited amount of data collected with steam reform-

ng of Clearlite® indicated very good match between theoretical
redictions and experimental results indicating that the underly-

ng assumption of the simple model of conversion of hydrocarbons
o CO and H2 followed by equilibrium reconstitution to methane
ppears to be reasonable one.
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